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Abstract 
 
Physical and chemical absorption of pure and dilute CO2 bubbles in water and aqueous sodium hydroxide (NaOH) solution has 
been studied in a squared-sectioned bubble column using the commercial software package CFX-4.4. The sub-grid scale (SGS) 
turbulence model of Vreman (2004) was employed to evaluate the shear-induced turbulent viscosity in the liquid phase. An 
“Opening” boundary condition was applied at the outlet, whereas the previously studied interfacial coefficients (Zhang et al., 
2006) were used in the simulations. The dependence of the overall mass transfer coefficient on the bubble diameter as well as 
the decrease of the bubble size under a given condition were theoretically analyzed. Subsequently, physical absorption of pure 
CO2 in water and chemisorption of pure and dilute CO2 bubbles in aqueous NaOH solution were numerically studied. 
It is found that the overall mass transfer coefficient does not change much with the bubble diameter in the range of 2 to 4 mm, 
and provided that the pH value of the alkaline solution is lower than 12, the bubble diameter decreases approximately linearly 
with the time. During their rise in the column, the bubble diameter reduces from 4 to 2 mm, which is still acceptable for 
assuming a constant mass transfer coefficient. 
When pure CO2 is absorbed into water, the hydrodynamics is similar to the case without mass transfer. High aqueous CO2 
concentrations are found around the bubble plume. After the bubble plume arrives at the free surface, the aqueous CO2 is 
transported from the top part of the column to the bottom along the walls due to the down flow of the liquid phase. 
When pure CO2 is absorbed into aqueous NaOH solution with an initial pH value of 12, initially, the local pH value drops 
sharply in a short period and accordingly carbonate is produced rapidly. Subsequently the local hydroxyl concentration 
decreased slowly due to the chemical reaction. Finally, the local hydroxyl concentration decreases in an oscillatory manner, 
which depends on the chemical reaction rate and the convective mixing. 
In case dilute CO2 gas is used in the chemisorption process, the local pH value drops slower compared with pure CO2 gas, 
whereas the flow structure and hydrodynamics are similar to the chemisorption of pure CO2 into aqueous NaOH solution. 
All the numerical results are only qualitatively presented, a more detailed comparison of the E-E results with the available E-L 
simulated results or experimental data is still needed. 
  
 
 
Introduction 
 
Bubble column reactors are widely used in chemical, 
petrochemical and biological processes. Many processes 
involve gas-liquid mass transfer with accompanying 
reactions between the gas and the liquid phase itself or with 
components dissolved or suspended in it. Despite the 
widespread application of bubble columns and intensive 
research efforts devoted to understand their complex 
behaviour, detailed knowledge on the fluid flow, mass 
transfer and chemical reactions as well as their interactions 
is currently very limited.  
Experimental investigation and numerical simulations are 
widely used to study and analyze gas-liquid flow processes. 
In the last two decades, two approaches were frequently 
used to simulate the flow in bubble columns: the 
Euler-Euler (E-E) (Becker et al., 1994; Deen et al., 2001) 
and Euler-Lagrange (E-L) (Delnoij et al., 1997,1999; 
Darmana et al. 2005) approach. The E-L model, solves the 
flow field of the liquid phase in an Eulerian way and 
computes the motion of each individual bubble from the 
Newtonian equations of motion, which makes it possible to 
directly consider the bubble-bubble and bubble-liquid 
interactions. Consequently, it is more suited for 
fundamental investigations of the bubbly flow. The E-E 
method, describes the motion of both phases through the 
volume-averaged or ensemble averaged mass and 
momentum conservation equations. Bubble-liquid 
interaction is accounted for through the interfacial exchange 
terms whereas the number of bubbles that are present in a 
computational cell is represented by the volume fraction. 
Detailed information of the bubble size distribution can 
only be obtained by solving additional population balance 
equations which account for the breakage and coalescence 
of bubbles as well as the growth or shrinkage of bubbles due 
to mass transfer. Figure 1 schematically shows how the two 
models account for the bubble shrinkage due to physical 
absorption or chemisorption. In the Euler-Lagrange 
approach bubble shrinkage can be monitored for each 
individual bubble, while accounting for the properties of the 
individual bubbles. In the Euler-Euler approach, the 
information of  
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(a) reality (E-L)                 (b) E- E model 
Figure 1: Treatment of bubble shrinkage due to mass 
transfer. 
 
individual bubbles is lost in the averaging of the equations. 
As a constant bubble size is assumed at the level of the 
computational cell, gas-liquid mass transfer leads to a 
decrease in gas volume fraction, and, due to the constant 
bubble size, a decrease in the number of bubbles. Clearly 
this leads to a rather crude approximation. This implies that 
a standard Euler-Euler model, in the absence of population 
balance models, may only be applied if the mass transfer 
rate is relatively low or, more precisely, in case the change 
in the bubble size is small.  
Though it is easier to track the bubble size change in the E-L 
model, due to its high computational effort and memory 
requirements, it is less suited to study gas-liquid flow in 
large-scale bubble columns or at high gas hold-up. In this 
study, the E-E model is adopted to investigate mass transfer 
in bubbly flows. 
When a chemical reaction is considered in a gas-liquid 
system, the interactions between the prevailing processes 
are very complex as schematically depicted in Figure 2: the 
chemical reaction rate depends on the local concentration of 
the species, which is determined by the inter-phase mass 
transfer process and the mixing induced by the dispersed 
bubbles. The interphase mass transfer rate depends on the 
mass transfer coefficient, the specific interfacial area and 
chemical reaction rate; meanwhile the mass transfer 
coefficient is a function of the local hydrodynamics, which 
itself is influenced by the bubble shrinkage due to physical 
or chemical absorption and variation of physical properties 
due to the inhomogeneous distributions of the chemical 
species. These complex interactions make the overall 
prediction of the performance and scale-up of this kind of 
reactor very difficult. Most numerical studies of gas-liquid 
flow (Mudde and Simonin, 1999) are devoted to the 
simulation of the hydrodynamics and improving the 
closures required by the model to achieve a better prediction 
of the hydrodynamics.  
Due to the complexity of gas-liquid systems, some 
researchers have simplified the modelling in the E-E 
approach to steady state conditions or adopted 
one-dimensional or two-dimensional models (Fleischer et 
al., 1996; Márquez et al., 1999a, b); the so-called hybrid 
method is used as well to solve these kinds of problems, in 
which CFD is employed only for the simulation of 
hydrodynamics, and the chemical reactions are accounted 
for by a custom-build compartment models (Bauer and 
Eigenberger, 1999, 2001; Rigopoulos and Jones, 2003). 
Though the model of Fleischer et al. (1996) is capable to 
qualitatively predict the transient behaviour of a 
chemisorption process in a slender bubble column, many 
authors (Becker et al., 1994; Delnoij et al., 1997, 1999; 
Deen et al., 2001; Darmana et al., 2005) found that bubble 
columns inherently exhibit unsteady three-dimensional 
flow characteristics. In the so-called hybrid model, the  
Figure 2: Schematic representation of inter-dependency of 
fluid flow, mass transfer and chemical reaction. 
 
interactions between hydrodynamics, mass transfer, 
chemical reactions is decoupled, each sub-problem is 
solved with a separate model, and consequently, the 
interaction among hydrodynamics, mass transfer and 
chemical reaction process are not necessarily accounted for. 
Furthermore, the influence of the mass transfer and 
chemical reaction on the hydrodynamics is not accounted 
for and due to limitations to represent a change in bubble 
size the predictive capabilities will be limited. 
As the chemisorption of CO2 into aqueous NaOH solution 
exhibits all important phenomena encountered in practice 
while its reaction mechanism is well understood and the 
reaction kinetics are well established, it is chosen as the test 
case for this work. In order to avoid the problem arising 
from the constant mean bubble size assumption, the bubble 
diameter is limited to vary in a range of 2 to 4 mm, in which 
the drag coefficient is almost constant according to the 
well-known drag closures.  
Due to the inherent drawback of the E-E model in 
simulating gas-liquid flows with mass transfer, i.e. bubble 
size change or distribution is not directly provided, the back 
feeding of the chemical reaction on the mass transfer is not 
accounted for at this stage in the E-E model. In order to 
make the numerical study physically meaningful, it is 
essential to know the dependence of the overall mass 
transfer coefficient on the bubble size. 
When the initial pH value of the alkaline solution is high, it 
is known that in the beginning of the chemical reaction 
stage, all the dispersed bubbles are consumed in the liquid 
mixture. As shown in Fig. 1, the E-E model conceptually 
accounts for the decrease of the local gas volume fraction 
through a decrease in the numbers of bubbles. So, in order 
to use the E-E model for modeling of chemisorption of the 
dispersed phase into liquid mixtures, it should be ensured 
that the bubble size change is small enough that it does not 
greatly affect other computational parameters. It is therefore 
important to evaluate the dispersed bubble size change 
under a given condition to obtain meaningful simulation 
results. 
In this work, simulations were performed with the use of a 
E-E model for the flow with mass transfer and chemical 
reaction in a square cross-sectioned gas-liquid bubble 
column (W × D × H = 0.15 × 0.15 × 0.55 m3) that was 
aerated with pure CO2 or diluted CO2 gas through the 
bottom plane with a superficial gas velocity of VS = 0.005 
m/s. Drag, virtual mass and lift forces are considered for the 
interfacial momentum transfer. The Sub-grid scale (SGS) 
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turbulence model proposed by Vreman (2004) was 
employed to evaluate the turbulent viscosity in the 
continuous phase. Specifically, we study the feasibility of 
the current model for the numerical simulation of gas-liquid 
flow with mass transfer. To obtain physically meaningful 
results, we studied the effect of bubble size on the overall 
mass transfer rate and the variation of the bubble size with 
time under a given condition. Based on the obtained results, 
we designed three simulations to study the gas-liquid flow 
with mass transfer. Numerical simulations were 
implemented in the commercial software package CFX-4.4. 
 
Governing equations  
 
The equations of the two-fluid model can be obtained by 
ensemble-averaging of the local instantaneous equations for 
single-phase flow (Drew, 1999). Two sets of balance 
equations for mass and momentum are obtained. The 
generic conservation equations for mass and momentum 
respectively take the following form: 
 
 
( )
( )k k k k k k lmt
α ρ α ρ →∂ + ∇ ⋅ = −∂ u   (1) 
 
( )
( )k k k k k k k k k
k k k k k k l k
t
p m
α ρ α ρ α
α ρ α →
∂ + ∇ ⋅ + =∂
− ∇ + −
u
u u τ
g M u
 (2) 
 
where the index k refers to the phase under consideration (L 
for liquid, G for gas) and l to the other phase. u = (u,v,w) is 
the velocity vector. The volume fraction of each phase is 
denoted by α, whereas k lm →  is the mass transfer rate 
from phase k to phase l. Mk represents the inter-phase 
momentum exchange between phase k and all other phases, 
and accounts for the interface forces.  
For phase k, the stress tensor kτ  appearing in Eq.2 reads: 
 
 2, 3( ( ) )
T
k k eff k k kIτ μ= − ∇ + ∇ − ∇ ⋅u u u  (3) 
 
μk,eff, for the liquid phase (k = L) is composed of three 
contributions: the molecular viscosity μL,L, the 
shear-induced turbulent viscosity μL,Tur, and an extra term 
due to bubble-induced turbulence μBIT : 
 
 , , ,L eff L L L Tur BITμ μ μ μ= + +  (4) 
 
According to Jakobsen et al. (1997), the effective viscosity 
of the gas phase (k = G) is calculated as follows: 
 
 , ,
G
G eff L eff
L
ρμ μρ=  (5) 
 
The liquid phase shear-induced turbulent viscosity is 
evaluated by the SGS model proposed by Vreman (2004): 
 
 2, 2.5L Tur L S
ij ij
B
C βμ ρ α α=  (6) 
 
where 2 2 211 22 12 11 33 13 22 33 23Bβ β β β β β β β β β= − + − + − , 
/ij j iu xα = ∂ ∂ , 2ij m mi mjβ α α= Δ  and iΔ  is the filter 
width in the ith direction. CS is a model constant, and CS = 
0.1 is used based on the work of Zhang et al. (2006). 
The bubble-induced turbulent viscosity appearing in Eq.4 
is accounted for through the model of Sato and Sekoguchi 
(1975): 
 
 , | |BIT L G BIT B G LC dμμ ρ α= −u u  (7) 
 
where ,BITCμ is a model constant which is set to 0.6. 
The term Mk in Eq.2, describing the interface forces, is 
given by the following expression: 
 
 , , ,L G L D L L L VM= − = + +M M M M M  (8) 
 
where the terms on the right hand side represent forces due 
to drag, lift and virtual mass, respectively. They are 
calculated as: 
 
 ,
3 | | ( )
4
D
L D G L G L G L
B
C
d
α ρ= − −M u u u u  (9) 
 , ( )L L G L L G L LCα ρ= − × ∇ ×M u u u  (10) 
 , ( )
G G L L
L VM G L VM
D D
Dt Dt
α ρ= −u uM C  (11) 
 
According to Tomiyama (2004), the virtual mass 
coefficient vector CVM takes the form (CVM,h, CVM,v, CVM,h). 
Based on our previous study, the following interfacial 
coefficients are used in this work: 
 
 1.071DC =  (12) 
 0.5LC =  (13) 
 , 0.25VM hC =   , 1.53VM vC =  (14) 
 
The chemisorption of CO2 in aqueous alkaline solutions 
takes place via two reactions. Before these reactions take 
place, CO2 gas has to be absorbed in water physically first: 
 
 2 2( ) ( )CO g CO aq→  (15) 
 
Subsequently, the elementary reactions then proceed as 
follows: 
 
 11
12
2 3( )
k
k
CO aq OH HCO− −⎯⎯→+ ←⎯⎯  (16) 
 21
22
2
3 3 2
k
k
HCO OH CO H O− − −⎯⎯→+ +←⎯⎯  (17) 
 
Where k11 and k12 respectively are the forward and 
backward rate constants for the first reaction (Eq.16) and 
k21 and k22 represent the forward and backward rate 
constants for the second reaction (Eq.17). The reaction 
rates are consequently written as follows 
 
 11 11 2[ ( )][ ]R k CO aq OH
−=  (18) 
 12 12 3[ ]R k HCO
−=  (19) 
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 21 21 3[ ][ ]R k HCO OH
− −=  (20) 
 222 22 3[ ]R k CO
−=  (21) 
 
The expressions for the rate constants are provided in 
appendix A.  
The mass fraction of a chemical species A in the liquid 
mixture is represented by ALY . The chemical species 
transport equations for the liquid phase are given by: 
 
 ( ) ( )
A
A A AL L L
L L L L L L L A
Y Y Y S
t
α ρ α ρ α∂ + ∇ ⋅ − Γ ∇ =∂ u  (22) 
 
whereas the gas phase transport equation for CO2 is given 
by: 
 
 
2
2 2 2 2
( )
( )
CO
G G G
CO CO CO CO
G G G G G G G G
Y
t
Y Y S
α ρ
α ρ α
∂ +∂
∇ ⋅ − Γ ∇ =u
 (23) 
 
The relevant chemical species and source terms are listed 
in Table 1. 
The mass transfer rate of species CO2 per unit 
volume, G Lm → , from the dispersed phase to the continuous 
phase, is defined as 
 
 2 2,( )
CO CO
G L L L GL e Lm k aE Y Yρ→ = −  (24) 
 
where kL is the overall mass transfer coefficient for the 
chemical species CO2(aq); a = 6αG/dB is the interfacial area 
per unit volume; E is the enhancement factor due to the 
chemical reaction; 2,
CO
GL eY  is the mass fraction of CO2(aq) in 
the liquid phase that would be in equilibrium with the 
concentration in the gas phase, which is determined by 
Henry’s law: 
 
 2 2 2,
CO CO CO G
GL e G
L
Y H Y
ρ
ρ=  (25) 
 
Table 1: Source terms used in the species transport 
equations. 
 
Species Sources (kg/(m3 s)) 
CO2 (aq) 212 11( )G L L COm R R Mα→ + −  
OH- 12 11 22 21( )L OHR R R R Mα −− + −  
-
3HCO  311 12 22 21( )L HCOR R R R Mα −− + −  
2-
3CO  2321 22( )L COR R Mα −−  
CO2 (g) G Lm →−   
 
The overall mass transfer coefficient, kL is obtained from 
the following Sherwood relation of Brauer (1981): 
 
 
2
0.89 0.72 0.015ReL B
CO
k dSh Sc
D
= = +  (26) 
 
whereas the enhancement factor is calculated using the 
relation given by Westerterp et al. (1984): 
 
22 4
2 1   12( 1) 14( 1)
1        1
E HaHa Ha E
E E EE
E
∞
∞
∞ ∞∞
∞
⎧− + + + >⎪= − −−⎨⎪ ≤⎩
(27) 
 
 
where  
 
 2
2 2
[ ]
(1 )
2 [ ( )]
COOH
CO OH
DOH D
E
D H CO g D
−
−
−
∞ = + ×  (28) 
 211
[ ]CO
L
k D OH
Ha
k
−
=  (29) 
 
The solubility of CO2 in aqueous electrolytic solutions was 
estimated using the method presented by Weisenberger and 
Schumpe (1996): 
 
 log( ) ( )
w
i g i
H h h c
H
= +∑  (30) 
 
Hw is the solubility coefficient of CO2 in pure water; it is 
taken from Versteeg and van Swaaij (1988): 
 
 
2044
73.59.10w TH RTe−=  (31) 
 
For the parameters hi and hg, the interested reader is 
referred to Weisenberger and Schumpe (1996) or the work 
of Darmana (2006), ci is the molar concentration of the 
corresponding ion or gas. 
The diffusivity of CO2 in pure water, 2
w
COD was taken from 
Versteeg and van Swaaij (1988): 
 
 
2
2119
62.35.10w TCOD e
−
−=  (32) 
 
The diffusion of gases into aqueous electrolyte solutions 
was estimated by the method suggested by Ratcliff and 
Holdcroft (1963): 
 
 2
2
41 1.29.10 [ ]COw
CO
D
OH
D
− −= −  (33) 
 
Physical problem 
 
A sketch of the bubble column studied in this work is 
shown in Figure 3. The column is initially filled to a height 
of 0.45 m with pure water or aqueous NaOH solution 
(initial pH value of 12). Pure CO2 or diluted CO2 is used as 
the dispersed gas phase and injected in the center of the 
bottom plane with Ain = 0.03 × 0.03 m2 and VG,in = 0.1225 
m/s corresponding to a superficial gas velocity of 4.9 mm/s. 
Initially, the gas cap above the liquid is filled with inert N2 
gas. The gas-liquid flow is assumed to be homogeneous 
(bubbly) flow and break-up and coalescence are not 
accounted for. The width, depth and height of the column 
are respectively set to W = 0.15 m, D = 0.15 m, and H = 
0.55 m. The gas distributor is located in the bottom wall of 
Paper No 265                  6th International Conference on Multiphase Flow, 
                  ICMF 2007, Leipzig, Germany, July 9 – 13, 2007 
 
the column at a distance of 0.06 m from each of the 
surrounding walls of the column. All the simulation 
parameters and physical properties are presented in Table 2. 
Diffusivities of the four species were obtained from the 
work of Bauer (2001). A constant bubble size of 4 mm is 
used currently as it was found that other parameters are not 
greatly affected by the bubble diameter in the range of dB 
∈[2, 4] mm. 
 
Numerical solution method 
 
All the numerical simulations are carried out with the 
commercial CFD package CFX-4.4 of AEA Technology, 
Harwell, UK. The total domain is subdivided into uniform 
computational grid cells with Δx = Δy = Δz = 0.01 m. Eqs. 
1 and 2 are solved in a transient fashion with a time step of 
0.0005 s. It was previously found (Zhang, 2005) that good 
spatial and temporal resolutions are obtained with this grid 
size and time step. The curvature compensated convective 
transport (CCCT) scheme is used for the discretization of 
all convective terms. An “opening” boundary condition is 
applied at the outlet, which requires: 
 
Table 2:  Case definition and involved parameters. 
Case Liquid mixture 
Initial pH of 
liquid mixture inlet gas 
1 pure water 7 Pure CO2 
2 
aqueous 
NaOH 
solution 
12 Pure CO2 
3 
aqueous 
NaOH 
solution 
12 m80% N2 + m20% CO2 
CD = 1.071,  CL = 0.50,  (CVM,h , CVM,v) = (0.25, 1.53) 
ρL = 1000 kg/m3, ρG = 1.29 kg/m3, σ  = 0.07275 N/m,  
μL,Lam = 0.001 kg/(m.s), μG,Lam = 1.812×10-5 kg/(m.s). 
dB = 4 mm, Eö = 2.15.  
2
91.699.10COD
−= m2/s;     95.3.10
OH
D − −= m2/s; 
3
91.1.10
HCO
D − −= m2/s;      2
3
91.5.10
CO
D − −= m2/s  
 
H
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0.
45
 m
0.0
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Figure 3: Schematic representation of the investigated 
bubble column. “Opening” boundary condition is applied 
at the outlet. 
 1Gα =         0Lα =  (34) 
 
In the gas cap, special measures need to be taken to prevent 
numerical problems due to the high gas volume fraction. 
This is accomplished as follows: 
 
 
0.05
0.55 0
0
D
L L
VM
C
C
C
α
=⎧⎪< =⎨⎪ =⎩
 (35) 
 
With these measures, Eqs. 1 and 2 reduce to those for single 
phase flow. A finite value for CD is required in Eq. 35 to 
guarantee proper coupling of the two phases. 
  
Results and Discussion 
 
The dependence of the overall mass transfer coefficient, kL 
on the bubble size dB and the variation of the bubble size dB 
with time for given pH values were investigated first. Then, 
within the acceptable range of bubble shrinkage, physical 
absorption of pure CO2 into pure water was studied; 
followed by the chemisorption of pure CO2 bubbles into 
aqueous sodium hydroxide NaOH solution with an initial 
pH value of 12. Finally, chemisorption of dilute CO2 
bubbles in aqueous sodium hydroxide solution was also 
modeled.  
 
Variation of the overall mass transfer coefficient, kL 
with bubble diameter, dB 
 
According to Eq.26, the following expression can be 
obtained for the mass transfer coefficient: 
 
 2
0.89 0.7(2 0.015Re )CO
L
B
D Sc
k
d
+=  (36) 
 
which can be re-written as: 
 
 
2
0.89 0.7v(2 0.015( ) )L rel BCO
l
L
B
dD Sc
k
d
ρ
μ+=  (37) 
 
As found in Eq.33, the diffusivity of CO2 in aqueous 
electrolyte solutions, 
2CO
D does not change much with the 
pH value, so, a constant diffusivity 
2 2
w
CO COD D= is assumed. 
Furthermore, it is assumed that the bubble size ranges from 
2 to 4 mm, and that in this regime, bubbles approximately 
possess a constant slip velocity of 0.2 m/s. Based on the 
aforementioned assumptions, the overall mass transfer 
coefficient, kL changes less than 10% with bubble diameter 
in the range of dB ∈ [2, 4] mm as can be seen in Figure 4.  
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Figure 4: Variation of overall mass transfer coefficient, kL, 
with bubble diameter, dB. 
 
Shrinkage of the bubble diameter, dB with time 
 
In the present work, we analyze the change of the diameter 
of pure CO2 bubbles due to chemical absorption. As 
reported by Darmana (2006), for pH>12, the enhancement 
factor, E increases dramatically. Here, to avoid large 
changes of the bubble size, an initial pH value, pH = 12 is 
chosen, hence E ≈ 1.  
For a single CO2 bubble, its mass change due to inter-phase 
mass transfer is expressed as: 
 
 2 2 2,A ( )
CO CO CO
B L B L GL e Lm k E Y Yρ= −  (38) 
 
In case of fast reaction, 2COLY  in Eq. 38 is very small and it 
is safe to take it as zero, 2,COGL eY  is obtained from Eq. 25 and 
the Henry constant takes a value of about 0.92 according to 
Eq. 30.  
Meanwhile, the initial mass of a single CO2 bubble is given 
by: 
 
 2 3
6
CO B
B G
dm πρ=  (39) 
 
After some algebraic manipulations, the following relation 
is obtained for the change in bubble size: 
 
 2B L
dd Ek H
dt
= −  (40) 
 
Substituting Eq.37 into Eq.40 gives:  
 
 
2 0.89 0.7v(2 0.015( ) )
2
CO L rel B
lB
B
dD Sc
dd H
dt d
ρ
μ+= −  (41) 
 
Figure 5 presents the change in bubble size of a dispersed 
CO2 bubble size under the aforementioned conditions, 
which is obtained by numerically integrating Eq. 41. It can 
be seen that the bubble size decreases almost linearly with 
the residence time. When the residence time is less than 4 s, 
the bubble size stays between 2 and 4 mm. In the systems 
studied in this work, a bubble column with a liquid height 
of 0.45 m was examined. A very conservative estimate of 
the gas velocity of 0.2 m gives rise to a residence time of 
about 2 s. This implies that it is safe to assume a constant 
bubble size in this work.  
 
0 1 2 3 4
2.0
2.5
3.0
3.5
4.0
d B
 (m
m
)
time (s)
 dB .vs. time
(pH = 12)
 
Figure 5: Variation of pure CO2 bubble diameter with time. 
pH = 12 is used in the analysis. 
 
Physical absorption of pure CO2 bubbles in water 
 
In this case, we study the physical absorption of pure CO2 
in water. Pure CO2 gas is introduced into the bubble 
column through the sparger mounted in the center of the 
bottom plane. Two species transport equations are solved to 
compute the mass fraction of CO2 in the liquid mixture and 
gas mixture respectively. 
Figure 6 displays the transient behavior in the column after 
the CO2 bubbles are introduced into the column. It is 
observed that the hydrodynamics are relatively similar to 
the air-water flow as found earlier (Darmana  et al., 2005; 
Zhang et al., 2006), but obviously, in this case a high 
fraction of aqueous CO2 is found near the bubble plume 
before the bubble plume reaches the free surface. After the 
bubble plume has arrived at the free surface, it becomes 
dynamic, and the liquid phase CO2 is transported to the 
lower part of the column along the walls. At the free 
surface, the liquid mixture moves laterally and meanwhile, 
the bubbles are spread to the wall. After 20 s, the mass 
fraction of aqueous CO2 is relatively high in the entire 
column. 
 
Chemisorption of pure CO2 bubbles in aqueous NaOH 
solution 
 
In this sub-section, we study the chemisorption of pure CO2 
in aqueous NaOH solution with an initial pH value of 12. 
As in the top part of column, CO2 and N2 are mixed, one 
additional species transport equation is used to compute the 
mass fraction of CO2 in the gas phase. Transport equations 
for the mass fractions of aqueous CO2, OH-, -3HCO  and 
2-
3CO are solved as well (see Eq.22). 
In the early stages, the chemisorption process of CO2 into 
an aqueous NaOH solution is characterized by the 
consumption of OH- ions and formation of 2-3CO . Figure 7 
shows the predicted evolution of the concentrations of 
these two species during the chemisorption process. As 
observed in Fig. 7, in the very beginning of the process, as 
no CO2 bubbles reach the monitoring point, no OH- is 
consumed and neither is 2-3CO  formed. The CO2 bubbles 
arrive at the monitoring point after about 0.8 s, very much 
of the OH- is consumed within a short time; 
correspondingly, 2-3CO is produced very rapidly. After this  
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t = 0.5 s 
 
t = 5.0 s 
  
t = 15.0 s t = 20.0 s 
Figure 6, Snapshots of the simulated iso-surface of αG = 0.05 and gas phase velocity field in the plane of z/W = 0.5 (left); 
contour of aqueous CO2 and liquid phase velocity field in the plane of x/D = 0.5 (middle) and iso-surface of 2COLY  = 5.10
-5 
(right) at different times. Note that at time t = 0.5 s, the iso-surface of 2COLY  = 1.10
-5 is shown due to the low simulated values.
 
short period of high chemical reaction rate, due to the low 
local concentration of OH-, the chemical reaction is 
reduced; the consumption of OH- or production of 2-3CO  
becomes slower. Subsequently, the local species 
concentration shows an oscillatory behavior, which can be 
attributed to the local or even large scale mixing caused by 
convection. Only small traces of CO2 (aq) and -3HCO are 
observed, which means that all the absorbed CO2 is 
immediately consumed by the chemical reaction and 
bi-carbonate, -3HCO  is only an intermediate product. 
Figure 8 demonstrates the transient behavior in the column 
after the CO2 bubbles are introduced into the column. It is 
seen that the gas bubbles agitate the liquid mixture and 
clearly, a lower pH value is obtained near the bubble plume 
before the bubble plume reaches the free surface, which 
implies that the absorbed CO2 is consumed locally; after 
the bubble plume arrives at the free surface, as found earlier, 
the reaction products are transported to the lower part of the 
column along the walls, so the pH value decreases 
correspondingly. With the development of time, more OH- 
is consumed, and lower pH values are observed in the 
entire column. 
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Figure 7: Concentration history of 2-3CO  and OH
- species 
involved in the chemical reaction process resulting from 
the numerical simulation at the point x/D = 0.5, y/Hsta = 
0.63 and z/W = 0.5. 
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   t = 0.50 s        t = 2.50 s  t = 10.00 s       t = 30.00 s 
iso-αG = 0.05     iso-αG = 0.05    iso-αG = 0.05    iso-αG = 0.05 
       
   t = 0.50 s       t = 2.50 s         t = 10.00 s     t = 30.00 s 
 iso-pH = 11.90   iso-pH = 11.90    iso-pH = 11.80  iso-pH = 11.00 
        
   t = 0.50 s      t = 2.50 s          t = 10.00 s        t = 30.00 s 
iso- 23CO
LY
− = 8.10-5  iso- 23CO
LY
− = 8.10-5   iso- 23CO
LY
− =1.5.10-4   iso- 23CO
LY
− = 2.5.10-4 
Figure 8: Snapshots of the simulated iso-surface of αG = 
0.05 and gas phase velocity field in the plane of z/W = 0.5 
(top) and different iso-surfaces of pH and liquid phase 
velocity field in the plane of x/D = 0.5 (middle) and 
different iso-surfaces of 23COLY
− and liquid phase velocity 
field in the plane of z/W = 0.5 (bottom) at different times 
during the chemisorption of pure CO2 bubbles in an 
aqueous NaOH solution. 
 
Chemisorption of diluted CO2 bubbles in an aqueous 
NaOH solution 
 
In this sub-section, we study the chemisorption of diluted 
CO2 in aqueous NaOH solution with an initial pH value of 
12. The same mass fractions as in the previous case were 
solved for according to Eqs. 22 and 23. Figure 9 shows the 
difference between the chemisorption of pure and diluted 
CO2 bubbles in aqueous NaOH solution. Obviously, 
compared with the diluted CO2 bubbles, in the case of pure  
 
 
   iso-αG = 0.05    iso-pH = 11.98       iso- 23COLY −  = 3.10-5 
time = 0.50 s 
 
iso-αG = 0.05    iso-pH = 11.92       iso- 23COLY −  = 8.10-5 
time = 5.0 s 
Figure 10: Snapshots of the simulated iso-surface of αG = 
0.05 and gas phase velocity field in the plane of z/W = 0.5 
(left) and iso-surface of pH and liquid phase velocity field 
in the plane of x/D = 0.5 (middle) and iso-surfaces of 
2
3CO
LY
− and liquid phase velocity field in the plane of z/W = 
0.5 (right) at different times during the chemisorption of 
dilute CO2 bubbles in aqueous NaOH solution. 
 
CO2 bubbles, the mass transfer rate is higher and more 
carbonate is produced. Transient behavior in the column is 
displayed in Figure 10. It is seen that the pH value drops 
slower in the diluted case. 
 
 
Conclusions 
 
Numerical simulations of the gas-liquid two-phase flow 
with mass transfer in a square cross-sectioned bubble 
column were carried out with the use of the commercial 
software package CFX-4.4. The sub-grid scale (SGS) 
turbulence model of Vreman (2004) was employed to 
evaluate the shear-induced turbulent viscosity in the liquid 
phase. An “Opening” boundary condition is applied at the 
outlet, while the previously used interfacial coefficients 
(Zhang et al., 2006) were used in the simulations. 
Through a simple analysis, it is concluded that the overall 
mass transfer coefficient kL changes less than 10% when 
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the bubble diameter is in the range of 2 to 4 mm. Provided 
that the pH value of the alkaline solution is lower than 12, 
the bubble diameter decreases approximately linearly with 
the time. Due to the short residence time, the bubble 
diameter stays within the range of 2 to 4 mm, which is still 
acceptable to satisfy the aforementioned criterion for kL. 
When pure CO2 is absorbed into water, the hydrodynamics 
is quite similar to the gas-liquid flow without mass transfer, 
and high CO2 concentrations in the liquid phase are found 
in the vicinity of the bubble plume. When the bubble plume 
arrives at the free surface, the aqueous CO2 is transported 
from the top part of the column to the bottom part along the 
walls due to the down flow of the liquid phase. 
Chemisorption of pure CO2 into aqueous NaOH solution 
with an initial pH value of 12 has been simulated as well. 
Initially most of the CO2 is consumed in the center region 
of the column, where the bubble plume rises. As a 
consequence, the OH- concentration is reduced in this area. 
Subsequently the fluid with low pH (i.e. OH- concentration) 
is transported with the bubbles to the top of the column and 
finally flows back along the walls. After a while, the 
system is well mixed and the pH is homogeneous. 
Finally chemisorption of (20 m% CO2 and 80 m% N2) 
dilute CO2 bubbles in alkaline solutions was studied as 
well. Due to the lower mass fraction of CO2 in the gas 
phase, the local pH value drops slower compared with the 
pure CO2 bubbles, the flow structure and hydrodynamics 
are similar to the chemisorption of pure CO2 into NaOH 
solution. 
All the numerical results are only qualitatively presented; a 
more detailed comparison of the E-E results with available 
E-L simulated results is planned for the near future. 
 
Nomenclature 
 
a interfacial area (m2); strain rate (s-1) 
B Sub-grid scale model parameter (m4 s-4) 
d diameter (m) 
c species concentration(kmol m-3) 
C model coefficient, dimensionless 
D depth (m); diffusivity (m2 s-1) 
g gravitational constant (m s-1) 
E enhancement factor, dimensionless 
Eö Eötös number, dimensionless 
H Henry constant, dimensionless; height (m) 
Ha Hatta number, dimensionless 
I ionic concentration (kmol m-3) 
k11 forward reaction rate constant (m3 kmol-1 s-1) 
k12 backward reaction rate constant (s-1) 
k21 forward reaction rate constant (m3 kmol-1 s-1) 
k22 backward reaction rate constant (s-1) 
kl overall mass transfer coefficient (m s-1) 
K1 equilibrium constant for reaction 1 (m3 kmol-1) 
K2 equilibrium constant for reaction 2 (m3 kmol-1) 
M interfacial force (kg m s-2) 
m  mass transfer from gas(single bubble) (kg s-1)  
m mass of single bubble (kg) 
P pressure (Nm-2) 
R reaction rate (kmol m-3 s-1) 
Re Reynolds number, dimensionless 
S source term in the species balance equation, kg 
m-3 s-1 
Sh Sherwood number, dimensionless 
t time (s) 
T temperature (K) 
u velocity vector (m s-1) 
u velocity component in x direction (m s-1) 
v slip velocity (m s-1) 
v velocity component in y direction (m s-1) 
w velocity component in z direction (m s-1) 
Y mass fraction, dimensionless 
z ionic charge, dimensionless 
[.] concentration (kmol m-3) 
 
Greek letters 
Δ subgrid length scale (m) 
Γ species diffusion coefficient (m2 s-1) 
ρ density (kg m-3) 
β Sub-grid scale model parameter (m2 s-2) 
σ interfacial tension (N m-1) 
μ viscosity (kg m-1 s-1) 
τ Stress tensor (N m-2) 
 
Subscripts 
aq aqueous 
B bubble 
BIT Bubble-induced turbulence 
D drag 
e equilibrium 
eff effective 
G gas 
GL Gas-liquid 
h horizontal direction 
i Cartesian ordinate direction index 
j Cartesian ordinate direction index 
k phase indicator 
L lift, liquid  
Lam laminar 
rel relative velocity 
S subgrid scale model 
Tur shear-induced turbulence 
v vertical direction 
VM virtual mass 
 
Superscripts 
w water 
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Appendix A. 
 
The forward rate constant k11 of reaction Eq.18 is calculated 
via the relation presented by Pohorecki and Moniuk 
(1988): 
 
 211
11
log( ) 0.221 0.016
k I I
k ∞
= −  (A1) 
 
where the reaction rate constant at infinitely diluted 
solution ( m3/kmol. s), is given by: 
 
 11
2382log( ) 11.895k
T
∞ = −  (A2) 
 
This equation is valid in the temperature range of 291- 314 
K. 
The ionic strength, I, is calculated as: 
 
 
2
3 3
2 2
2 2 2
3 3
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Na OH
HCO CO
I Na z OH z
HCO z CO z
+ −
− −
+ −
− −
= + +
+
 (A3) 
 
where 1
Na
z + = , 1OHz − = − , 3 1HCOz − = −  and 23 2COz − = − .  
The backward rate constant  k12 (s-1) is calculated via the 
equilibrium constant K3 and Kw. K3 is calculated according 
to Edwards et al. (1978): 
 
 
3
3
2
[ ][ ]
[ ]
12092.1exp( 36.786ln( ) 235.482)
HCO H
K
CO
T
T
− +
=
−= − +
 (A4) 
 
The solubility product, Kw, was taken from Tsonopolous et 
al. (1976): 
 
 ( 5839.5 / 22.4773log( ) 61.2062)[ ][ ] 10 T TwK H OH
+ − − + −= =  (A5) 
 
The backward reaction is then obtained using the following 
relation: 
 
 3111
12 w
KkK
k K
= =  (A6) 
 
Since the second reaction involves a proton transfer, it is 
very rapid. Eigen (1954) determined the rates of reactions 
involving protons or hydroxyl ions in aqueous solution to 
be in the order of 1010 -1011 m3/kmol s. The backward 
reaction rate k22 (1/s) is calculated using the equilibrium 
constant K2 (m3/kmol) as suggested by Hikita et al. (1976): 
 
 212
22
kK
k
=  (A7) 
 
with: 
 
 2 2
1.01 [ ]
log log 0.125[ ]
1 1.27 [ ]
Na
K K Na
Na
+
∞ +
+= + ++
 (A8) 
 
where: 
 
 2
1568.94log 0.4134 0.00673K T
T
∞ = + −  (A9) 
